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The influence of catalyst particle size upon the reaction rate was studied for the hydro- 
genation of ethylene with nickel-on-alumina in a packed-bed flow reactor. A threefold increase 
in particle diameter through a critical size range (0.03- to 0.09-cm. diameter, corresponding 
to a Reynolds number of around 1) produced a thirtyfold increase in reaction rate per unit 
external surface area. The behavior of the system indicates that this increase was due to the 
influence of external gas-solid transport phenomena on the reaction kinetics. j-Factor correla- 
tions were used to calculate the catalyst surface temperatures and concentrations, which were 
used to calculate Arrhenius activation energies and reaction rates from available rate expressions. 

The rate of a heterogeneous catalyzed reaction is de- 
termined by both the chemical reaction kinetics at the 
solid surface and by the rate of heat and mass transfer to 
this surface. When the reaction is operating at a steady 
state, the number of moles of a component destroyed at 
the catalyst surface by the chemical reaction is exactly 
equal to the number of moles of that component trans- 
ported to the surface. Likewise, the heat generated by 
the reaction must equal the heat removed. 

Two systems of heat and mass transfer are involved 
when dealing with a catalyst pellet. The first system is 
the hypothetical film or gas layer surrounding the pellet. 
Both heat and mass transfer occur across this film because 
the bulk-gas temperature and concentrations are different 
from those at the catalyst surface. Mass transfer across 
the gas film occurs by both convection and molecular dif- 
fusion. Heat transfer occurs by convection, conduction, 
and radiation. Catalyst surface temperatures as high as 
420°C. above the bulk-gas temperatures may exist (35). 

The second heat and mass transfer system involves the 
pores and solid material of the catalyst pellet. Both tem- 
perature and concentration gradients may exist through 
the porous catalyst particle. Mass transfer occurs by Knud- 
sen diffusion, bulk diffusion, and surface migration. Heat 
transfer occurs by conduction in both the solid and gas 
phases. Effectiveness factors other than one are the result 
of temperature and concentration gradients within a por- 
ous catalyst pellet. 

For any given system involving a porous catalyst, it is 
difficult to evaluate the relative importance of film and 
pore effects. The calculations are particularly complicated 
by strong thermal effects. Unless sufficient data are taken 
and several variables are analyzed, the pore effects may 
be confused with film effects. In particular, nonisothermal 
effectiveness factors may seem to explain experimental 
data which may be primarily the result of film effects. 
Therefore, both film and catalyst heat and mass transfer 
must be considered. 

The experimental data from this study indicate that film 
effects are more important for the system chosen. The 
extremely active catalyst and low gas flow rates combine 
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to enhance the film effects. All of the reactants which 
reach the catalyst surface are reacted on the outer sur- 
face before they have a chance to diffuse into the pores. 
For this system, therefore, temperature and concentration 
gradients across the surface film are of particular interest 
when studying the kinetics of the reaction and the be- 
havior of the catalyst. 

Experimentally, it is difficult or impossible to measure 
temperatures and chemical concentrations directly on the 
surface of a catalyst pellet. Generally one can measure 
only bulk-gas temperatures and concentrations. Therefore 
the influence of heat and mass transfer phenomena be- 
tween the bulk-gas phase and the catalyst surface must 
be considered in order to calculate surface conditions. 

These transport phenomena are a function of the cata- 
lyst particle size, and this function is of critical influence. 
Thus, small changes in the size of the catalyst particle 
may have a profound effect upon the behavior of the re- 
action. Increasing the size of a catalyst pellet increases 
the area for heat transfer, mass transfer, and chemical re- 
action. Increasing pellet size, however, not only changes 
the area through which these transport mechanisms act 
but also changes the heat and mass transfer characteristics. 
This variation in behavior between the transport phe- 
nomena and chemical reaction with changing particle size 
causes a change in character of the reaction kinetic data. 
Changing temperature and concentration have varying 
effects on the reaction rate. Reaction rates are approxi- 
mately first to second order with respect to concentration, 
but they are exponential with changes in temperature. 
Therefore, changing the catalyst particle size will have 
an effect upon the behavior of the reacting system. The 
purpose of this study was to determine the precise char- 
acter of this effect. 

THEORETICAL CONSIDERATIONS 

For a given mass of catalyst, particle size affects the con- 
version by changing the relative amount of internal and 
external active areas and the external surface film-transfer 
coefficients, The effects of Knudsen diffusion through 
pores to the internal area has been extensively studied 
(6, 19, 43, 4 7 ) .  The role of surface migration or surface 
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mobiIities of adsorbed molecules is currently being in- 
vestigated ( 4 2 ) .  Finally, the influence of the interfacial 
or surface fih surrounding the catalyst pellet may also 
be significant. The influence of the surface film is par- 
ticularly important when the system involves an extremely 
active catalyst, a highly exothermic reaction, and opera- 
tion at low Reynolds numbers. These three extreme con- 
ditions were involved in the present study, and, as a re- 
sult, surface-film effects seemed to be rate controlling. Ex- 
perimenta1 evidence for this contention will be shown 
later. In the following discussion of the theory, therefore, 
only external surface-film transport will be considered. 

Mathematical discussions of the reaction steps are pre- 
sented in several places (14, 20, 25, 27, 31, 35).  The sys- 
tem of equations for a catalyst particle in a packed bed 
at steady state reaction is 

( l a )  

(1b) 
rmc = k f (concentrations at  solid-gas interface) (Ic) 

rmi = kG a,  4 (pis - p B )  

rm4 AH' = h, a,,, 4 ( T s  - T, )  

where 
k = Ag-EJRT 

k, and h, must be presumed to be available from iD and 
in correlations of packed-bed heat and mass transfer. Both 
transport coefficients usually are reported as depending 
upon particle diameter in the same way: 

j D  = * (Ns,)"a = a(N,.)-b = a' D,-b ( 2 a )  G, 

For given bulk conditions and other system parameters, 
the Equations ( l a ) ,  ( l b ) ,  and ( l c )  may have one or 
three solutions. The three solutions imply a rather large 
sudden change in catalyst temperature from a kinetic 
regime to a diffusion regime ( 1 4 ) .  Since h, and k, de- 
pend upon particle diameter, it is obvious that for a given 
set of conditions various results will appear as the diam- 
eter is changed. Reports of experiments which follow the 
predictions of equations are few, possibly because the 
jump behavior is undesirable in kinetics studies. Frank- 
Kamenetskii ( 1 4 )  presents results showing the effect, and 
the higher temperature data correlating the combustion of 
coal indicate it. Thus, the experimental study of the effect 
of particle size should verify the predicted reaction be- 
havior and provide information about the heat and mass 
transfer correlations. 

Reaction Kinetics 
The reaction system chosen for this study was the hy- 

drogenation of ethylene to ethane on a nickel catalyst be- 
cause the reaction proceeds without any side reactions, 
the hydrogenation does not occur to a measurable degree 
in the absence of a catalyst, conversion of any amount 
may be obtained at moderate operating conditions, and 
there are substantial data on the kinetics of this reaction. 

I t  is generally agreed that the reaction is unaffected by 
the presence of ethane, other than through its action as 
an inert diluent (10, 2 2 ) .  There seems to be a reaction 
mechanism shift between 150" and 200°C. The reaction 
mechanism at the lower temperatures is generally corre- 
lated as first order with respect to the partial pressure of 
hydrogen (3 ,  1 3 ) .  Beeck's value for the energy of activa- 
tion at  the lower temperatures, E = 10.7 kcal./g.-mole, 
is probably the most appropriate, since it covers a range 
of -80" to 150°C. Pauls', Comings', and Smith's ( 3 2 )  
value of E = 11.6 kcal./g.-mole is available for purposes 

of comparison, since it was obtained using a nickel-on- 
alumina catalyst similar to the one used in this study. The 
mechanism at the higher temperature is generally corre- 
lated as first order with respect to the partial pressures 
of both hydrogen and ethylene ( 1 1 ) .  A precise value for 
the energy of activation above 150°C. is not available. 
Most investigators find values below 3.4 kcal./g.-mole 
( 4 5 ) .  

Transfer Processes 
Heat and mass transfer processes for a catalyst pellet 

may be divided into two categories: those processes which 
occur inside the pellet, and those which occur across the 
stagnant gas film surrounding the pellet. A review of these 
processes has been published recently by Hougen (19).  
Mathematical expressions describing the overall behavior 
of packed-bed reactors are given and solved numerically 
by Park (30) and von Rosenberg ( 4 6 ) .  Textbooks by 
Satterfield and Sherwood (39), Hougen and Watson ( 2 0 ) ,  
and Smith ( 4 1 )  consider general heat and mass transfer 
correlations for a packed bed. Weisz and Hicks ( 4 7 ) ,  
Tinkler and Metzner ( 4 4 ) ,  and Carberry (6) have solved 
the dderential equations resulting from material and 
energy balances inside a porous catalyst pellet. Theoreti- 
cal approaches to the influence of operating variables on 
the external surface gas film have not been especially use- 
ful. Five recent papers which have offered models have 
been presented by Carberry (S), Kusik and Happel 
( 2 3 ) ,  Hoelscher (18) ,  Rosner (37), and Pfeffer and Hap- 
pel ( 3 3 ) .  

Although the system of heat and mass transfer through 
a gas film in a packed bed is complex, the j-factor corre- 
lations of Chilton and Colburn (7) have been extremely 
useful for the past 30 yr. Reviews of the wide variety of 
experimentally determined j-factors correlations have 
been made (16, 35). 

The effect of Reynolds number upon j D  appears to de- 
pend upon whether the data were obtained with a sub- 
limating solid or a wetted porous sphere. Experiments 
where only a gas film existed, such as sublimating naptha- 
lene spheres in air or carbon dioxide (1, 8, 21, 36)  and 
decomposing hydrogen peroxide on silver (38), yield the 
important relations for gas-solid catalyzed reactions. 

A similar variety of results exists for in, and the corre- 
lations obtained by dielectrically heating plastic particles 
( 1 2 )  and electrically heating metal spheres (2, 9, 17) are 
more appropriate to this study. 

The gas-film j-factor correIations show that the expo- 
nent on the Reynolds number varies between 0.29 to 
0.35. The coefficient multiplying the Reynolds number 
varies between approximately 0.2 and 1.0. Several investi- 
gators have shown that this multiplying coefficient is a 
function of system variables (1 7, 21, 36).  The unreliabil- 
ity of this coefficient is the weakest point in these trans- 
port-phenomena correlations. The relationship between 
the heat transfer factor in and the mass transfer factor j~ 
was demonstrated by Satterfield and Resnick (38) to be 
j n / j D  = 1.37. 

APPARATUS 

The apparatus used in this study consisted of four units: 
feed system, reactor, temperature measuring system, and gas 
analysis system. A schematic diagram of the apparatus is shown 
in Figure 1. This apparatus operated at atmospheric pressure. 
Feed System 

Hydrogen and ethylene gases were fed from commercial 
cylinders with constant pressure regulators. Their flows were 
measured by capillary tube flow meters. The feed composition 
for all runs was 80% hydrogen and 20% ethylene on a mole 
basis. The hydrogen flow rate varied from 1.18 to 3.53 g.- 
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h 
Fig. 1. Exp'erimental apparatus 

moles/hr. Reaction conversions for the various particle sizes 
ranged from 4 to 6076, but all runs giving more than 28% 
conversion were repeated with less catalyst in order to get 
conversions below 28 % . 

A catalytic purifier for electrolytic hydrogen was installed in 
the hydrogen line to reduce any traces of oxygen to water. A 
heated purifier for removal of oxygen and sulfur was installed 
in the ethylene line. Both gas streams passed from their puri- 
fiers through drying tubes, in order to remove moisture. The 
gases were thoroughly mixed in a mixing chamber before being 
fed to the preheater. 

Reoctor 
The reactor was designed with the primary purpose of 

maintaining an accurate and isothermal temperature level. The 
entering gases passed through a preheater coil, emptied into 
the reactor at the bottom, and passed up through the reactor 
tube containing the catalyst bed and out the top of the reactor. 
The internal diameter of the packed-bed tube was 2.14 cm. 
and the length of the packed section was 30.48 cm. The exter- 
nal diameter of the thermowell through the bed was 0.91 cm. 

The reactor bed was packed in a particular way in order to 
hold isothermal conditions and maintain the bed fixed. The 
method of packing is discussed later. 

Temperature Meosuring System 
All temperatures at the thermocouple points indicated in 

Figure 1 were sensed by iron-constantan thermocouples in- 
serted in glass thermowells. 

Product Anolysis System 
A vapor phase, partition chromatograph, built and modified 

in conjunction with previous research projects (29, 40) ,  was 
used to analyze the reacting and product mixtures. A 4-ft. 
copper tube, v4 in. in diameter, packed with finely divided 
silica gel, constituted the column used for the gas analysis. 
The analysis was determined by comparing the peak heights 
of the elution curves obtained for the reaction gas samples to 
those obtained from the standard gas mixtures. Six different 
compositions of gas samples were used as standards, and their 
method of preparation is mentioned elsewhere (16) .  

c 0 t 0 I y s t 
The catalyst used throughout the study was nickel-on-alu- 

mina, and an analysis of its physical characteristics were sup- 
plied. The internal surface area of the catalyst was 210 sq. m./ 
g. and its weight 10 to 12% nickel. Pore volume contained 
0.29 cc./g. below 800"A threshold diameter and 0.27 cc./g. 
below 140'A threshold diameter determined by the carbon 
tetrachloride adsorption technique of Benesi, Bonnar, and 
Lee ( 4 ) .  

The catalyst was received as %-in. cylinders and was sub- 
sequently crushed in a glass mortar and pestle. The catalyst 
particles were classified by screening in US. Standard sieves 
to sample sizes varying from 8 to 12 mesh to 200 to 325 mesh. 
All of the catalyst samples were taken from a single crushing 
and screening operation. 

Hydrogen 
The 99.9% pure hydrogen was taken from commercial cylin- 

ders manufactured by the electrolytic process. The oxygen and 
water impurities were removed by converting the oxygen to 
water after which all water was removed by passing the gas 
through a drying bed. 

Pocked Bed Diluent 
The inert particles used to dilute the catalyst bed were 

cleaned Ottawa sand, which was nearly pure quartz of almost 
spherical shape. The sand was classified by screening in U. S. 
Standard sieves. 

EXPERIMENTAL PROCEDURE 

Packing the Reoctor 

The reactor was packed in a particular way in order to as- 
sure essentially isothermal conditions and to maintain the bed 
fixed. First, 3 in. of 3-mm. glass beads were packed into the 
reaction tube, after the bottom thermowell had been fixed in 
place. Then 1 in. of clean 20 to 30 mesh Ottawa sand was 
packed above the glass beads. This entrance packing served 
to distribute the incoming gases evenly across the tube diam- 
eter before contact was made with the catalyst. Above the 
initial packing was packed the catalyst diluted in 100 ml. of 
Ottawa sand. The catalyst sample (0.1 or 0.2 g. weighed ac- 
curately to 1 mg.) was diluted in order to spread the reaction 
throughout the bed, since the exothermic heat of reaction 
( -32  kcal./g.-mole) was fairly large. The diluted bed re- 
duced the possibility of hot spots developing and allowed the 
heat of reaction to be carried off by the liquid jacket. Isother- 
mal conditions were thus maintained throughout. During most 
runs the diluent Ottawa sand was 20 to 30 mesh, no matter 
what the catalyst particle size. By using the same size diluent 
throughout a series of runs, changes in the overall bed char- 
acteristics could be avoided. There was a limit, however, to 
how small a catalyst particle size could be mixed with 20 to 30 
mesh sand because catalyst particle sizes smaller than 100 
mesh could move through the interstices of the 20 to 30 mesh 
bed. The data resulting from such a condition was erratic, 
especially with changes in the feed rate. During some of the 
runs, the Ottawa sand diluent particle size was varied in order 
to keep it the same size as the catalyst pellets. The catalyst 
was diluted by rolling a weighed sample of the catalyst with 
the sand in a round bottom flask until a uniform mixture was 
observed. One inch of clean sand and another inch of glass 
beads were packed above the catalyst bed. The reactor was 
cleaned and repacked for each catalyst particle size and weight 
of sample. 
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Fig, 2. Influence of particle size on reaction 
rate (bulk gas temperature 93"C., flow rate 

0.498 9.-moles/sq. cm. hr.). 
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Catalyst Reduction 
The catalyst, in the form of nickel oxide on alumina, was 

reduced in place by passing hydrogen over it at 370°C for 12 
hr. After reduction the catalyst was exposed only to hydrogen 
and ethylene. No air was allowed to contact the catalyst be- 
cause it was found that oxygen markedly deactivated it. 

EXPERIMENTAL RESULTS 

The experimental results consisted of values of conver- 
sion measured at various flow rates and temperatures. On 
the basis of catalyst particle sizes, the Reynolds number 
variations in this study ranged from 0.16 to 5.13. For a 
bed of 20 to 30 mesh particles the range in Reynolds 
number was from 0.64 to 1.92. Bulk gas temperatures 
were varied from 40" to 93°C. 

The experimental results show the influence of chang- 
ing the catalyst particle size at various temperatures at a 
given flow rate and weight of catalyst. An illustration of 
this influence can be seen from Figure 2, which considers 
reaction at a bulk temperature of 93°C. 

The reaction rate was calculated by using the usual 
rate equation for a catalytic flow reactor: 

or 
T,,, dW = Fdx 

dx Ax 

d ( $ )  =A(;) 

r ,  = 

The reactor was operated at differential conditions when- 
ever possible. When the x vs. (W/F) plot was not a 
straight line from the origin (about 20% of the runs), 
the slope of the curve was used to determine the reaction 
rate. 

The circles (solid line) in Figure 2 represent experi- 
mental data taken with the catalyst particles diluted in 
cleaned 20 to 30 mesh Ottawa sand. The triangles (dashed 
line) represent data taken with the catalyst diluted in 
cleaned Ottawa sand having the same particle size as the 
catalyst. 

Beginning with the smaller particles at the left of Fig- 
ure 2, an increase in particle diameter resulted in a small 
increase in reaction rate per unit area. At  a particle diam- 
eter of about 0.03 cm., the reaction rate began to rise 
sharply. At a particle diameter of about 0.09 cm., the re- 
action rate arrived at a plateau. The rate continued at 
this plateau for increasingly larger particle sizes, except 
for the largest size, where the rate dropped slightly. For 
a threefold increase in particle diameter of 0.03 to 0.09 
cm., the reaction rate jumped approximately thirtyfold. On 
either side of this transition the reaction rate remained 
relatively constant. 

Over the transition range where the rate rose sharply 
with increasing particle size, the sand diluent size was 
varied in order to equal the size of the catalyst pellet. The 

Fig. 3. Test for film diffusion effects. 

curve for these data (dotted line in Figure 2) was dis- 
placed slightly from but behaved in the same way as the 
curve describing the data with only 20 to 30 mesh sand 
as the diluent. 

TWO sets of experimental data were considered in de- 
termining the relative importance of surface-film effects 
and catalyst pore effects. The first set of runs, with vary- 
ing weights of catalysts and flow rates, showed qualita- 
tively that film effects were significant for both the larger 
and intermediate particles. Figure 3 summarizes this con- 
ventional (26) test for film diffusion. Series of runs were 
made for both a large catalyst particle size and a smaller 
catalyst particle size. A constant weight of catalyst was 
used in each run, but the time factor W/F was varied. 
Since the two curves did not coincide for each particle 
size, surface-film effects were considered important. 

The second set of experimental runs was aimed at de- 
termining the importance of pore effects for the catalyst 
particles. The results of several runs at 366°K. and 0.498 
g.-moles/sq. cm. hr. are shown in Figure 4. From Figure 
4, it can be seen that the reaction rate per gram of catalyst 
decreases with increasing particle diameter. At a particle 
diameter of about 0.03 cm., the rate begins to increase 
sharply. At a particle diameter of about 0.07 cm., the 
rate reaches a maximum and begins to decrease. In this 
transition interval from 0.03 to 0.07 cm. particle diameter, 
the reaction rate per gram of catalyst has increased about 
tenfold. The reaction rates before and after the transition 
are directly proportional to the amount of external surface 
area. 

At the end of every reaction run the operating condi- 
tions were returned to those at the beginning, in order to 
check the stability of the catalyst over the period of the 
run. The same reaction rate was obtained at the end of 
the run when given the same operating conditions, dem- 
onstrating that this catalyst system was stable. Runs for 
12 hr. duration failed to show a change in catalytic ac- 
tivity. 

Runs were made in order to test the reproducibility of 
the data. As with all runs, these tests involved cleaning 

- 0.05 0.10 0.15 0.20 
OO 

CATALYST PARTICLE DIAMETER, dp (CMI  

Fig. 4. Experimental data plotted for study of 
film and intraparticle effects (bulk gas tem- 
perature 93"C., flow rate 0.498 9.-moles/ 

sq. cm.hr.1. 

Page 516 A.1.Ch.E. Journal May, 1965 



and repacking the reactor bed between runs. It was found 
that the conversion reproducibility of * 1% was well 
within the range of the estimated maximum deviation of 
-c 4%. 

DISCUSSION OF RESULTS 

It has been shown that the catalyst behaved in the 
Same manner in the transition range whether or not it was 
diluted with a diluent of the same particle size. There- 
fore, the reaction rate shift could not be ascribed to a 
caging or shielding effect on the catalyst particle by the 
diluent. Also, by packing the catalyst in a diluent of equal 
size, there could be no movement or fluidization of the 
catalyst particles. 

Figure 3 indicates that film effects were influential in 
this reacting system for both the intermediate and large 
catalyst particles. Figure 4 further establishes the rate- 
controlling importance of film effects, since the behavior 
exhibited is readily explained by film effects but would 
be difficult to explain on the basis of pore diffusion and 
internal temperature gradients. The reaction rate per gram 
of catalyst for the small particles decreased with increasing 
particle size, in direct contradiction to the behavior of 
intra-particle effects for an exothermic reaction, 

In addition to these experimental results, one can cal- 
culate the uppermost limit of the internal temperature 
variation (AT),,, which could have existed within the 
particle relative to the boundary temperature by the 
method of Weisz and Hicks (47 ) .  With a typical effective 
diffusivity of 2 X 10" sq. cm./sec. and thermal conductiv- 
ity of 4 X lo-* cal./(sec. cm./"C.), the internal (AT),,, 
would have been less than 0.01"C. The steep rise in re- 
action rate between catalyst particles of 0.03- and 0.07- 
cm. diameter could have only been due to thermal effects. 
If these effects could not have been internal, then they 
must have been external. 

A further demonstration of the effects of pore diffusion 
can be made by calculating effectiveness factors for the 
catalyst particles. For the larger particles the effectiveness 
factor was on the order below 0.1, which is consistent with 
the interpretation that the reaction occurred primarily on 
the external surface. The effectiveness factor for the 
smaller particles was around 1.0, which leaves in doubt 
which surface area one should use in order to calculate 
the reaction rate per area, but does not alter the inter- 
pretation. 

These data are presented as evidence to substantiate 
the conclusion that external surface effects are important, 
and internal effects are insignificant for the systems and 
operating conditions under consideration. 

The reaction behavior can be explained by gas-film heat 
and mass transfer behavior of particles in a packed bed. 
The explanation is, of course, only as good as the previ- 
ously stated rationale and the heat and mass transfer cor- 
relations used. 

The heat transfer correlation of Denton (9) was judged 
the most appropriate for this study for several reasons. 
First, his data were taken with only a gas film surrounding 
the pellet and did not introduce the added complexity of 
a gas-liquid film. Second, Denton's values for the j-factor 
correlation with Reynolds number is in line with the ma- 
jority of the other gas-film correlations. Third, and most 
important, Denton's data were taken in a system similar to 
the one used in this study. He measured the steady state 
heat transfer coeflicients by generating heat in a single 
metal sphere randomly packed in a bed of glass spheres. 
A similar situation exists in the reactor bed used in this 
study. The catalyst pellet, which generates the heat, is 
randomly packed in a bed of relative1 spherical sand 
grains. The catalyst pellets are essentia 7 ly isolated from 

each other because the volumetric ratio of the reactor 
bed packing is approximately 1 : l O O  = cata1yst:sand. The 
similarity of the two systems tends to eliminate the prob- 
lem of variables specific to the particular system in ques- 
tion. For example, the magnitude of pellet-to-pellet heat 
conduction through the solid point contact cannot be as- 
sessed. There has been some recent work on the problem 
of point-to-point heat transfer (28)  in a packed bed, but 
actual calculation of the magnitude of this phenomena is 
not as yet possible. The situation is further complicated 
when only one particle among many is generating heat, 
which was the case in this study. Denton's correlation, 
however, includes this effect, and calculation of surface 
temperatures for a particle generating heat among inert 
particles should be more accurate with his correlation. 

The relationship between heat and mass transfer j-fac- 
tors for a reacting system is found in the research of Sat- 
terfield and Resnick (38) .  They decomposed hydrogen 
peroxide in a bed of metal spheres, measuring both the 
heat and mass transfer characteristics of the system. They 
found the ratio iH/iD = 1.37. 

Utilizing the heat and mass transfer studies of Denton 
and Satterfield and Resnick, one obtains the correlations 

j D  = 0.426 (Nns)-0.80 (3a) 

( 3 b )  i. = 0.584 ( N z e )  
When one substitutes Equations (3a) and (2a) into 

Equation ( la) ,  the partial pressure gradient of a compo- 
nent across the gas fiim may be calculated: 

(4a) 
Tm4 

a, 
p a -  P ~ B  = 7- DPO.so 

where 
0.30 213 y=---(:) Pf 1 (%) (4b) 

Gm$ (0.426) P s  D I 

The temperature change from the bulk gas stream to 
the external surface of the catalyst may be calculated 
from Equations ( 3 b ) ,  (2b ) ,  and ( lb)  : 

(5a )  
r m  I 

Ts-  TB=/3-D:30 
a, 

where 

The terms y and fi  are functions of temperature and 
were calculated from physical and transport properties 
available in the literature. The arithmetic average gas- 
film temperature was used for the physical properties of 
the gases. The calculations of AP and hT were accorn- 
plished by a trial-and-error solution of the four simul- 
taneous Equations (4a), (4b), (5a) ,  and (5b)+ 

From these calculations, the smaller particles show 
only a slight change in surface temperature with increas- 
ing particle size. At the 0.03-cm. particle size, the tem- 
perature begins to rise abruptly. As the particle size in- 
creases, the temperature continues to increase and finally 
begins to taper off at the larger particle sizes. The partial 
pressure of ethylene at the surface of the catalyst behaves 
inversely from that of the surface temperature. As the 
particle size increases, the partial pressure of ethylene at 
the surface decreases. 

From these calculated values of surface temperatures 
and concentrations, an Arrhenius type of function of log 
(rate constant) vs. 1/T was plotted in Figure 5. From 
Figure 5 the energies of activation and frequency factors 
for the reaction levels can be calculated. For the small 
particles (lower reaction level), the Arrhenius energy of 
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Fig. 5. Arrhenius plot for activation energy and frequency factor. 

activation is 9.6 kcal./g.-mole and the frequency factor i.; 
2,900 g.-moles/hr. sq. cm atm.' 

The energy of activation for the small particles, 9.6 kcal./ 
g.-mole, is somewhat lower than Beeck's ( 3 )  value of 
10.7 kcal./g.-mole. The value of 9.6 kcal./g.-mole is, 
however, close enough to Beeck's value to be sure that the 
chemical reaction kinetics is primarily the rate controlling 
step. The calculated catalyst surface temperatures for the 
small particles (50 to 70 and 70 to 100 mesh) in this 
study find the surface temperatures essentially the same 
as the bulk gas temperatures, 40", 71", and 93°C. These 
surface temperatures are within the range of Beeck's 
study. If the reaction were diffusion controlled, the rate 
would be considerably lower than the 9.6 kcal./g.-mole 
value. 

The energy of activation for the increasingly larger 
particles decreases and then levels out at a value of 1.96 
k.cal./g.-mole. The calculated surface temperatures for 
the larger catalyst pellets (8 to 12, 12 to 16, and 16 to 20 
mesh) show that they have considerably higher surface 
temperatures than the smaller pellets, ranging from 381" 
to 443 "C. The literature reports that for temperatures 
above 150" to 200°C. the energy of activation decreases. 
The reports differ on the energy of activation f o u d ,  and 
there seems to be no agreement on what should be a rea- 
sonable value. However, most of these studies do agree 
that the energy of activation above 150" to 200°C. should 
be below 3.4 kcal./g.-mole. Therefore, the energy of acti- 
vation of 1.96 kcal./g.-mole found in this study seems 
reasonable, although possibly somewhat low. The value of 
1.96 kcal./g.-mole was obtained from the calculated sur- 
face temperatures and partial pressures and is consider- 
ably lower than Beeck's 10.7 kcal./g.-mole. Thus, the 
drop in activation energy must result from a change in 
the reaction mechanism rather than from a diffusion con- 
trolling condition. 

Also, the decrease in equilibrium constant with increas- 
ing temperature does not become a limiting factor. A sur- 
face temperature of about 1,000"K. would be required 
before the reversible reaction would become significant. 
The equilibrium constant for the hydrogenation of ethyl- 
ene is 3.2 x 10" at 300"K., 3.2 x 10" at 716°K. (the 
highest calculated surface temperature), and 0.35 at 
1,000"K. 

A more graphic description of this reaction process can 
be given by plotting the reaction rates for the two mech- 
anisms from the calculated catalyst surface temperatures 
and partial pressures and the evaluated Arrhenius energies 
of activation and frequency factors. The reaction rates can 
be calculated from the following equations: 
Available rate equation: 

fm 

am 
- = A Pn2 P C e w l  c~"lR''~ 

For small particles: 

r, - == 2,900 (0.8 - Ap) (0.2 - AT?) ~.''o"n'n.l'* 

n n ,  

For large particles : 

r, 

a, 
- _  - 1.18 (0.8 - hp)  (0.2 - A ~ J )  c- ' . ' ' '~ '~'~  

The experimentally evaluated data were substituted into 
these last two rate equations, and the resulting reaction 
rates were plotted in Figure 6. In these calculations, a,,, 
was based on the average particle size as determined 
from the sieve screen sizes. 

Beginning at the lower left of Figure 6, one can see 
that the first reaction rate (for small particles) began to 
rise at a catalyst particle diameter of 0.03 cm. The rate 
increased sharply, rising over two orders of magnitude 
before it began to level off. During this rise, which could 
only be due to an exponential rise in temperature, the 

a 
I 

I .o 

a* 0.01 0 EXPERIMENTAL DATA: SAND 

CATALYST PARTICLE SIZE a 
a" DILUENT SIZE 20 -30 ;  

VARIES 
A EXPERIMENTAL DATA: SAND 

DILUENT SIZE EQUALS 
CATALYST PARTICLE SIZE 

t z 
3 

E 
w 0.001 - CALCULATED RATE (FROM 
!i a SMOOTHED DATA 

0 --- CALCULATED RATE (FROM 
L SMOOTHED DATA ) 

a 

R, .Q30OlClE-APl(O.Z-AP) e-9'600'RT z 

a w Rz=t.18 (0.8-AP) (0.2-AP) e -'.s60' 

PARTICLE DIAMETER, dp (CM) 

Fig. 6. Reaction rates from proposed rate equations as a function 
of particle diameter (bulk gas temperature 93"C., flow rate 0.498 

9.-moles/sq. cm. hr.). 
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temperature increase at  the catalyst surface caused a 
shift in the chemical reaction mechanism. As a result, the 
mechanism shifted to the second rate expression, shown 
by the dashed line in Figure 6. This second reaction rate 
became controlled by the diffusion step and leveled off in 
line with the experimental data points. Therefore, two 
shifts occurred during the transition phase, both of them 
resulting from an increase in surface temperature due to 
an increase in catalyst particle size. First, the increase in 
temperature induced a change in reaction mechanism. 
This mechanism change has been documented in the lit- 
erature and discussed earlier. Second, the increase in 
temperature shifted the rate controlling step from reac- 
tion-kinetics controlling in the lower thermal regime to 
film-diffusion controlling in the upper thermal regime. 
This second shift was the cause of the levelling off of the 
experimental reaction rates for the larger particles and 
was also the reason calculated values for the second re- 
action rate expression level off along with the experimental 
values. 

CONCLUSIONS 

The demonstrated experimental agreement with litera- 
ture values for activation energies and transfer correla- 
tions is believed to justify the following conclusions: 

1. Catalyst particle size exerts a strong influence upon 
the observed reaction rate for an exothermic surface reac- 
tion in a packed-bed flow reactor. 

2. The j-factor correIations for gas-film systems ade- 
quately evaluate changes in catalyst surface temperatures 
and concentrations. Furthermore, the j-factor correlations 
are satisfactorily employed with a diluted catalyst bed, 
and the inert diluent particles may be either larger, equal 
to, or smaller than the catalyst particles. 

3. The shift from reaction-kinetics controlling to film- 
diffusion controlling regimes has been observed. 
4. The published chemical reaction mechanism shift 

at around 150°C. for this reaction has been verified. 

NOTATION 

U 

a, 

A 

CP, 

CIJ, 

D, 
Di 

E 
f (  1 
F 
G, 

= coefficient for j-factor, dimensionless 
= external surface area of the catalyst particles per 

= Arrhenius frequency factor, g.-moles/hr. sg. cm. 

= heat capacity per unit mass at constant pressure, 

= molal heat capacity at constant pressure, cal./g.- 

= average catalyst particle diameter, cm. 
= gas phase diffusion coefficient of component i, sq. 

= Arrhenius energy of activation, cal./g.-mole 
= mathematical function 
= feed rate to the reactor, g.-moles/hr. 
= superficial mass velocity of the gas based upon 

the total cross sectional area of the bed, g./sq. 
cm. hr. 

= superficial molal velocity of the gas based up011 
the total cross sectional area of the bed, g.-moles/ 
sq. cm. hr. 

= gas phase heat transfer coefficient, cal./sq. cm. 
hr. “K. 

= mass transfer number, dimensionless 
= heat transfer number, dimensionless 
= gas thermal conductivity, cal./sq. cm. hr. OK. 

= reaction rate constant, g.-moles/hr. sq. cm. atm.’ 
= gas phase mass transfer coefficient, g.-moles/sq. 

unit weight, sq. cm./g. 

atm.2 

cal./g. “K. 

mole O K .  

cm./sec. 

cm. hr. 

n = constant 
p = partial pressure, atm. 
pf = pressure factor, defined as the logarithmic mean 

value of the partial pressure over the boundary 
limits of the gas film, atm. 

N p r  = Prandtl number 
rm 

R 

N n .  = Reynolds number, ( - ”7 ) , dimensionless 

Nsc = Schmidt number 
T = temperature, “K. 
W 
x 

ing feed 

= rate of reaction per unit weight of catalyst, g.- 

= ideal gas constant, cal./g.-mole O K .  

moles/hr. g. catalyst 

= weight of catalyst, g. 
= conversion, g.-moles converted/g.-mole of enter- 

Greek Letters 
fi  = heat transfer group [see Equation ( 5 b ) ] ,  O K .  

y = mass transfer group [see Equation (4b)], atm. 

AH = heat of reaction, cal./g.-mole 
p = gas viscosity, poise or g./cm. sec. 
pB = average density of the gas phase, g./cc. 
6, = particle shape factor as defined by Gamson 

(15) ,  equal to the ratio of actual external surface 
area available for mass transfer to the total ex- 
ternal surface area, dimensionless 

sq. cm. hr. cm.‘-O.’ 

sq. cm. hr. cm.-08 

Subscripts 
B = bulk gas phase 
f = average film characteristic 
i = component i 
ni = mass basis 
M = mole basis 
s = catalyst surface 
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Forced Convection Mass Transfer: 
Part 1. Effect of Turbulence Level on Mass Transfer through 

Boundary Layers with a Small Favorable Pressure Gradient 

DAVID G. THOMAS 
Oak Ridge Nat ional  Laboratory, Oak Ridge, Tennessee 

The effect of free stream turbulence level on forced convection through laminar and 
turbulent boundary layers on a flat plate wos studied in a wind tunnel with a small but 
nonzero favorable pressure gradient by means of the naphthalene sublimation technique. 

With the small favorable pressure grodient used in this study, the rate of forced con- 
vection thmugh Iaminor boundary layers ogreed with Polhausen’s theoretical equation for 
turbulence levels less than 2.8% but increased in a regular fashion for turbulence levels 
greater than 2.8% and was almost tripled a t  a free stream turbulence level of 11%. There 
was no evidence of an interoction between pressure gradient and turbulence level which would 
produce disproportionate effects on the rate of forced convection through laminar boundary 
layers. Substantially no effect of turbulence level on forced convection through turbulent boundary 
layers was observed for turbulence levels up to 7%. 

‘The subject of forced convection through boundary 
layers on flat plates has been extensively studied, and the 
broad outlines are well known (13, 14, 1 5 ) .  When the 
partial pressure or concentration differences causing mass 
transfer are sufficiently small that the velocity normal to 
the surface can be neglected, the forced convection heat 
and mass transfer relations are identical, provided the 
appropriate form of the Stanton number is used and the 
Prandtl and Schmidt numbers are interchanged. How- 
ever, there are some notable details which remain un- 
resolved. Among these are the combined effects of turbu- 
lence level and pressure gradient on forced convection 

through laminar and turbulent boundary layers aiicl to ii 

lesser extent the effect of the value of the Prandtl (or 
Schmidt) number on the rate of forced convection through 
turbulent boundary layers. In general, the Stanton num- 
ber is proportional to the -1 /2  power of the Prandtl num- 
ber for values of the Prandtl number near unity, to the 
-2/3 power for values from 10 to 100, and to the -3/4 
power for very large Prandtl or Schmidt numbers ( 1 5 ) .  

Despite numerous investigations of forced convection 
through boundary layers (11, 1 + 3 ) ,  it was not until the 
studies of Kestin et d. ( 1 ,  12) that conclusive evidence 
was presented showing that the coefficient of heat transfer 
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